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Abstract— The inferential control scheme based on a linear estimator was applied to control of top com-
position of a pilot scale packed distillation column. Experimental and simulation studies were used to
evaluate the inferential control scheme and to compare its performance with a conventional single
temperature feedback control with proportional plus integral actions. Both digital simulation and experimen-
tal verification showed that the top composition control achieved with the inferential control scheme was
superior to that achieved with the conventional control scheme.

INTRODUCTION

One of the major questions in process control system
design is the selection of process measurements. In most
processes , it is not feasible to measure all the process
variables of interest because of sensor cost or time
delays caused by the need for chemical analysis. An ap-
proach called inferential control has been developed by
Brosilow and coworkers[l-4] to address the measure-
ment limitation problem, especially when unmeasured
disturbances are present. This inferential control system
uses selected measurement of secondary process out-
puts , such as temperatures, in a linear combination to
estimate and control the effect of unmeasurable distur
bances on primary process outputs, such as product
quality.

Distillation columns are a promising application area
for the inferential control scheme since distillation col-
umns with many components and large numbers of
trays would create special difficulties in the selection of
process measurements . The primary objective of distilla-
tion column is to deliver products of consistent quality.
However, the composition of products from distillation
colurnns is quite difficult to control. Direct measurement
of product composition is often expensive and
sometimes unreliable, and its associated large measure-
ment lags often do not permit the design of an effective
feedback control system.

In many industrial distillation columus, tray
temperature near the end of the column is used to ap-
proximately control product composition because it has

the advantage of being inexpensive, reliable and respon-
sive measurement. Pressure compensation is used when
required. Other schemes|5] involving controlling one or
two temperature differentials have been proposed to im-
prove sensitivity without influence from pressure. A
muitiple temperature feedback control, using an average
temperature calculated from several tray temperatures,
has been proposed for columns with very sharp
temperature profile[2].

Brosilow and coworkers[1-4] have proposed a linear
static estimator using a linear combination of selected
tray temperatures, and steam and reflux flow rates to
estimate product compositions in multicomponent col-
umns. Simulation studies on an industrial column have
been reported. Rencently S hah[6] reported that a static
nonlinear composition estimators were significantly bet-
ter than Brosilow’s linear estimator based on digital
simulation and experimental studies when nonlinear
regions of operation were encountered.

In this paper the inferential control scheme with a
linear estimator is employed in experimental and
simulation studies to control the top composition of a
methanol-water column. The resulting control behavior
is contrasted with that achieved using conventional
single temperature feedback control with proportional
plus integral actions.

THEORETICAL BACKGROUND

Input disturbances frequently arise from changes in
the operation of units upstream from the process.
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Because of the disturbances, the process moves from
one steady state to another. Inferential control of
Brosilow and coworkers[1,2,4] uses selected
temperature and flow measurements to estimate and
control the effect of unmeasurable input disturbances on
the product compositions.
Composition Estimator

For small input disturbances, the process can be
assumed to behave linearly. The unmeasured product
composition, y, and the measurement of tray
temperature, T, can be related to the unmeasurable in-
put disturbance, u, in the Laplace domain as follows:

T(s)=A"(s)u(s) (1)
Y (s)=B7(s)u(s) (2)
where T and Y are treated as perturbation variables ,and
A and B are constant matrices. When the number of
disturbances u is less than the number of measurements
T, one can solve for u from Equation 1.

uls)=[(A(s)AT(s)) " A(s) T(s) (3

al(s)2(AT(s)A(s)) T AT (s) Bh(s) 4
theAn the least-square estimator of Y is given by

Y (s)=a"(s) T(s) (5!

An underlying assumption in the above result is that the
inputs u are Gaussian distributed. However, even if u is
not gaussian, a is still the best linear estimator|7].

The estimation error Y - {is given by
Y(s)—Y(s)=WT(s) u(s) (6}
where W (s)=B(s)—A(s)al(s) {6)

The selection of the secondary measurements should
aim at minimizing the number of measurements
necessary to obtain accurate setimate which are insen-
sitive to modeling errors. The secondary measurements
are thus chosen to minimize the production error in the
steady state which is given by
I W (o) li ‘
E=IBio) 1 @
The projection error is a measure of how accurate the
estimate will be and ranges from 0 and 1.
Dynamics of Interferential Control Systems
A typical process block diagram for distillation col-
umn is given to the right of the dotted line and an in-
ferential control system to the left in Figure 1. This in-
ferential control system is to counter the effect of the
unmeasured disturbances d(s) on the prgduct quality.
The control effort is based on an inference d(s) of d(s). To
isolate the effect of the unmeasured disturbances on the
process outputs, the effect of all measured inputs on the
secondary measurements are substracted from the
measurements signal before it enters the estimator.
The Laplace domain description of the process as
given in Figure 1 is taken to be
y{s)=BT(s)uls)+C(s) m(s) (8)
T (s} =A"(s) u(s)+P(s) m(s) (9)
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Fig. 1. Inferential control system

where A(s), B(s), C(s) and P(s) are process transfer func-
tion matrices. The job of the estimator as), satisfying the
relationship given in Equation 6, is to combine its input
signals AT(s) u(s) in such a way as to obtain an estimate
a(s) of the effect of the disturbances on the product quali-
ty.
The response of the process output to the
unmeasured disturbances is denoted as d(s) satisfying
d(s) =B7(s) ufs) (10
The estimate of the effect of the unmeasured distur-
bances on the process output is denoted as a(s) and from
Figure 1 is given by .
d(s)=a™(s) (T(s)—P(s) m(s)) an
fr(A)m Equations 6, 9 and 10
d(s) =a™ () AT (s) uls) + [P (s) —P () m ()}
—d(s)+WT(s) u/\(s) +a"(s)
Ps)—P(s)Im(s) 12)
Clearly, smaller values of W(s) and P(s) - P(s) yield a bet-
ter approximation of a(s) to d(s)
The response of the control effort to a disturbance is
given by .
m (s} =Gi(s) [Ya(s)—d(s))
=G, (s) Yals)—G(s) {d(s)+WT(s) uls)+
" (s) (P (s) =P (s)) m(s)} 13
Rearranging of Equation 13 gives
m(s) = 1+Gi(s)a" (s) (P (s)—P ()} ™
Gils) (yals) —d(s) =W (s) uls)] 19
Finally, the process output is given by
y(s)=B"(s) u(s) +C(s) m(s)
C(s) F(s) Gi(s) [ya(s) —WT{s) u(s))
+(I—C(s) F(s) Gy (s}] d(s) (15)
F (s) = {I+Gi(s) a™(s) (P () =P ()}
When f’(s) = P(s) over the frequency range of the
systemn, then F(s) = I, and the system is stable provided
that the original process is stable and the controller G(s)
is stable . The appropriate choice for G(s) in order to ob-
tain a fast response to disturbances and set point
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changes is given according to Equation 15.
Gils)=[C(s) F(s))'=F ' (s) C"* (s) (16
However, it will generally not be possible to implement
Equation 16 exactly because the elements of the transfer
matrix C(s) will be lags whose numerator polynomials
are at least one degree lower than their denominator
polynomials. This means that C{s) will contain
elements which will not be realizable, such as pure dif-
ferentiators. Further some of the elements of C'(s) can
be unstable, especially if one or more of the elements of
((s) were nonminimum phases. As is common in such
situations, the pure derivative is replaced by a lead-lag

network, and then G, = K TosH1 will be a stable

1S
approximation to [C(s) F{s)I'. H(l)wever, the steady state
gains G{s) should be chosen so that
Gilo} Flo) Clo) =1 17

Implementation of the inferential control system of
Figure 1 requires the implementation of m(2n + m)
transfer function matries if «(s), P(s) and Ggs) are full.
With dim [y(s)) = m and dim [T(s)) = n, both the
estimator matrix « (s) and the compensator maxtix P(s)
have dimension m X n, and the dimension of the con-
troller Gs) is m x n.

DESCRIPTION OF PROCESS AND CONTROL
SYSTEMS

The laboratory scale distillation column used as the
subject of all simulated and experimental investigations
reported in this paper is a 10 cm diameter column pack-
ed to the depth of 225 cm with 1.27 ¢cm Raschig rings,
separating a methanol-water mixture at atmospheric
pressure. The distillation column was normally operated
with a feed rate of 12 g-mole/min of 31 mole %
methanol as given in Table 1, and was interfaced with
HP 2647A intelligence graphic terminal for the inferen-
tial control system as shown schematically in Figure 2.

Table 1. Steady-State Operating Conditions

Feed flow rate

Distillate flow rate

Bottom flow rate

Feed composition
Top compositin
Bottom composition
Reflux ratio
Column pressure
Feed temperature

12 g-mole/min

(300 ml/min)

3.54 g-mole/min

(142 ml/min)

8.46 g-mole/min

(152 ml/min)

31 mole % methanol
95.6 mole % methanol
3.4 mole % methanol
23

I atm

67°C
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Fig.2. Schematic diagram of distillatioh column

Standard data acquisition of temperatures and flow rates
was done at 15-second intervals by HP 2240 A measure-
ment and control processor. The primary control objec-
tive was to maintain top composition at a constant value
of approximately 95.6% methanol in spite of distur-
bances in the feed flow rate and the feed composition.
Top composition was obtained by drawing samples at
every 10 minutes to confirm predictions from
temperature measurements. As can be seen from Figure
2, top composition is controlled by manipulating reflux

1.5

A Thermocouple 1
Thermocouple 2 Experimental data
® Thermocouple 3

1 st-order lag model

'C

State,

Temperature Deviation from Steady

10 20 30
Time, min.
Fig.3. Open loop responses of temperature to
40 ml step increase in feed flow rate
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flow as is common is industrial practice.

In order to employ the inferential control scheme,
process transfer function matrices as defined in Equa-
tions 8 and 9 must be available. F or the operating condi-
tions given in Table 1, appropriate open-loop responses
for step change in feed flow were fit by a first-order lag
for each transfer function. To select temperature
measurements to be used to infer the overhead
methanol composition, transfer functions A(s) for three
different temperatures in the rectifying section and a
transfer function B(s) relating the effect of feed flow and
top composition are determined as follows:

ATis)=(a, (s) 2. (s) a5 (s)]

—C 0.01 0.025 0.005 ) 18)
3s+1 5s+1 6.7s+1
1,y _—0.01

BT (s) =365 +1 19
_ 0 T T T T
E
ER—0.1p .
"fﬁ O Experimental data
S8 - 1st-order lag model
= : )
Eé 0.2
=g
Q203+
=7
= 0Ap
3

0.5 . 1 1 1

30 60 90 120 150
Time, min.

Fig.4. Open loop response of overhead metha-

no! composition to 40 ml step increase
in feed flow rate

A comparison of simulated and experimental response
data for open loop operation is shown Figures 3 and 4,
respectively. With A%(s) and B(s) the projection error in
the top methanol composition using three temperature
measurements are estimated as shown in Figure 5. As
can bee seen from Figure 5, the projection error is
minimized by selecting the middle part of the rectifying
section as a location on which to measure the
temperature . Since there is only a single measurement,
the transfer function A(s) and the estimator «(s) become
scalar transfer functions.
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Fig.5. Projection error in overhead methanol

compeosition for a single temperature
measurement

From Equation 6 a(s) is given by

als)= EE:; =—0. 4%1;3;—11 @)

Two other process transfer functions P(s) and C(s) are
also scalar transfer functions because there is but a
single measured temperature . The transfer function P(s)
shown in Figure 1 is an approximation of the response
of the temperature on the middle part of the rectifying
section to changes in the control effort (that is, the reflux
flow), and it is given below
B () ~0.00135
3.7s+1
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Fig.6. Open loop response of temperature to

30 ml step increase in reflux flow rate
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The transfer function relating the effect of reflux flow
and top methanol composition is obtained
0. 0005 .
C(S)=41s+1 23
Experimental response data for open loop operation are
compared with simulated results in Figures 6 and 7.
For perfect control, given a perfect estimate, the con-
troller transfer function Gys) should be the inverse of the
transfer function between the top methanol composition
and the reflux flow. However, as can be from Equation
20, this controller would have proportional plus pure
derivative actions which will not be realizable . As is
common in such situations, the pure derivative action
was replaced by a lead-lag network and G, is taken as

Gils) = C ' s)—1 —~=ppop sl

04
1 s+1 ris+1 @
0.5
= Q
= S [+]
z 20.4p
2 o
= 2 o
w = -
g =0.3
.‘f_. = O Experimental data
T l;“'-j_ | st-order lag model
Z = o
= 3
0.1
£ A
0

L L Il 1
30 60 90 120 150
Time, min.
Fig.7. Open Loop Response of Overhead Metha-
nol Composition to 30 ml Step Increase
in Reflux flow Rate

Figure 8 shows a block diagram of the inferential control
systemn given by Equations 19 through 24, and then the
single temperature feedback control system with a pro-
portional plus integral controller is shown as an alter-
naie control system in Figure 9.

RESULTS AND DISCUSSION

Simulation Results

A digital computer simulation using HP 2647A in-
telligence graphic terminal was conducted to evaluate the
performance of the inferential control scheme compared
to the single temperature feedback control. Figures 10
and 12 show the responses of the top methanol com-
position under inferential control for a step change in
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Fig. 8. Block Diagam of the Inferential Control
System

the feed flow. As illustrated in Figures 10 and 12, the in-
ferential control gave no steady-state error while the
single temperature feedback control resulted in a cons-
tant offset in the top methanol composition regardless of
values of proportional gain and integral time. However,
as can be expected, the single temperature feedback
control did a good job of maintaining the temperature
were obtained regardless of values of lag time constants
used under the inferential control shown in Figures 11
and 13, Simulated results showed that the inferential
control system would perform significantly better than
the temperature feedback control system, when both
systems use the same temperature measurement.
Experimental Results

To verify the simulation results and to examine the
practicality of the inferential control scheme for in-
dustrial application, experimental studies were carried
out on the laboratory scale, packed distillation column
using HP 2647A intelligence graphic terminal to imple-
ment the control algorithms.

The control behavicrs of the top methanol composi-
tion for a 10% increase in feed flow rate are shown in
Figures 10 and 12 for inferential control and single
temperature feedback control. These experiments
verified the superiority of the inferential control scheme.
The single temperature feedback control system gave a
final steady state error of 0.02 mnole % in the top

- . l . I' LU -
Td S+ —"\ :'I\\‘l .'-"I — Y 1

I — i
Fig.9. Block Diagram of the Single Temperatu-
re Feedbak Control System
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methanol composition while the control temperature
was maintained constant as illustrated in Figures 11 and
13. These experimental and simulated responses are in
good agreement, but it can be seen from Figures 10
through 13, in general, the simulated behavior of the
column exhibits a shorter response time than was
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observed experimentally. This implies that the process
has higher order dynamics that are not included in the
first-order model.

CONCLUSIONS

The inferential control scheme was successfully used
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to control top composition in a pilot scale, methanol-
water column. Experimental results demonstrated that
the inferential control scheme based on a linear
estimator was superior to the single temperature feed-
back control for regulatory control of composition in the
face of ifeed flow disturbance. Moreover in the ex-
perimental tests, the temperature feedback control
scheme gave a steady-state top composition deviation as
indicated in the simulation study.

NOMENCLATURE

A(s), B§s), C(s), D(s): process transfer function matrices
d(s): unmeasured input disturbances

Gy(s): overall transfer function matrix

E: measured input disturbances

Y(s): output composition

a(s): composition estimator
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